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Abstract

A kinetic model of a fixed bed tubular reactor incorporating catalyst deactivation was developed
for the ISOMAX unit of Arak refinery. The kinetic parameters for the hydrocracking reactions
over the commercial catalyst were determined using initial activity plant data i.e. when the cata-
lyst is fresh. Catalyst deactivation was then taken into account by means of deactivation function
based on plant data. The catalyst deactivation function is defined in terms of normalized time
(BPP) of operation. Effect of catalyst deactivation on the product yield has been investigated.
Steady state material and energy balances were then developed for an extended four lumped
kinetic network. To determine the effect of reaction types on the rate, we calculate frequency
factor for each individual bed with constant activation energy and heat of reaction. Furthermore,
we calculate the frequency factor for individual beds, for the first one to estimate the rate of
reactions in the different beds. The results show that the reactions in the first and second bed are
faster than those in the 3™ and 4™ beds. The comparison between model conversion and experi-
mental conversion of the unit indicates that the model is capable of predicting product yield with
an error of less than 5%.
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Introduction

Hydrocracking is one of the most versatile of all petro-
leum refining processes. It usually converts a heavy, low
quality feedstock into lighter, valuable transportation
fuels, contributing significantly to the overall profitabil-
ity of the refinery.

Hydrocracking is usually carried out in two stages.
The first stage decomposes sulfur and nitrogen contain-
ing compounds and hydrogenates the aromatics. The
liquid fraction from the first stage is hydroisomerized
and hydrocracked in the second stage.

For the purposes of reactor design, process optimi-
zation, and catalyst selection, it is necessary to develop
kinetic models, which can accurately predict the product
distributions under hydrocracking conditions. On the
other hand, for hydrocarbon mixtures, the development
of such kinetic models is a challenging task due to the
presence of a great variety of structures. Therefore, it
is difficult to study kinetics for every component in
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this system. Catalytic hydrocracking is more compli-
cated than non-catalytic hydrocracking. An alternative
approach is to consider the mixture in terms of selected
lumps, which can be specified in terms of such properties
as boiling ranges, molecular weight ranges, carbon
numbers, solubility class fractions, and other structural
characteristics. Various discrete lumping schemes have
been applied for kinetic modeling of complex reactions
of hydrocarbon mixtures [1-7] involving series and
parallel reactions. Axial dispersion model [7] and con-
tinuous lumping [8,9] have also been used for kinetic
modeling of catalytic cracking and hydrocracking of
hydrocarbon mixtures. In the discrete lumping approach,
the individual components in the reaction mixture are
divided into discrete pseudocompounds (lumps) based
on the true boiling point (TBT), carbon number (CN),
and/or molecular weight (MW). Instead of keeping track
of individual molecules, the molecules with a similar
CN, MW, or TBP group are treated as cracking with a
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particular rate constant to give predefined lower lumps.

Since the catalyst activity decreases over the opera-
tion, it can affect the product yield distribution so the
kinetic model must consist of the catalyst activity.

A good commercial catalyst is known through three
characteristics namely activity, selectivity and life. The
Catalysts have large concentrations of active sites and a
layer of reactant material adsorbed on the active sites.
The performance of catalysts decreases with time due to
various reasons such as coke formation, sintering, pore
plugging and poisoning. Thus, to maintain constant prod-
uct yields, the catalytic activity must be kept constant.

In studies of mathematical models of chemical reac-
tors with catalyst deactivation, much attention has been
paid to question of how reactor performance varies with
catalyst deactivation. Several kinds of reactor models
have been derived incorporating a deactivation function
[10,11]. For environmental friendliness, higher product
yields and longer catalyst life industrial processes are
increasingly required to operate under optimum condi-
tions. For this purpose, process variables such as reactor
temperature and feed composition under deactivating
conditions are manipulated.

Industrial Procedure
A vacuum distillate fraction (B.R. 317-502 °C) was used
as the Isofeed (table 1). The catalyst was a commercial
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Table 1- Isofeed properties

Distillation range, °C 310-509

Specific Gravity 091
Total Fe, ppm 2.0

Total sulfure content, wt% 1.54

Total nitrogen content, ppm 935.0

Simulated distillation, °C

IBP 311.0

5% 354.0

10% 372.0

30% 404.0

50% 426.0

70% 449.0

90% 478.0

95% 491.0

FBP 508.0

catalyst. The hydrocracker unit consisted of 3 parallels
tubular fixed bed reactors of 2400 mm internal diameter,
2600 mm external diameter and 28.7 m height. Each
reactor had four beds and as reactions are highly exo-
thermic, there were 3 quench points in each reactor to
cool the reaction mixtures. The schematic process flow
diagram is shown in fig. 1.
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Figure 1- Schematic representation of the Isomax unit
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The flow of oil is once through and vertically downward.
The main reactions in the first bed of each reactor are
treating reactions in which sulfur, nitrogen and oxygen
compounds are decomposed to hydrogen sulfide, ammo-
nia, and water, while aromatics and olefins, if any, are
hydrogenated. In other three beds, the hydroisomeriza-
tion and hydrocracking are the main reactions.

Catalyst deactivation model

During the process of hydrocracking, the activity of
catalyst decreases as the reactions take place. The
factors resulting in the catalyst deactivation include
coking, poisoning, sintering and so forth. Among all
these factors, coking is the most significant one.

Based on the activity function for the Arak refinery
hydrocracker unit, catalyst deactivation affects the reac-
tion conversion as follows [12]:

S G =K O )
[—H-'m_]f—l)}
Ty, T (2)

a = e-
a =0.76897246 + (-0.00424660)x + (1.59082020)/ x* (3)

Where a is the catalyst activity function, 7, is the
weighted average bed temperature (WABT) when the
catalyst is fresh (a =1.0), after the time of t temperature
is T and x is the normalized time (BPP).

Governing equations

The conventional hydrocracker is a tubular plug flow
reactor that is a cylinder containing four fixed beds of
catalyst through which a mixture of gas and liquid flows
downward. The fluid pattern is plug flow. To simplify
the model, the following assumptions are taken into
account.

1. Concentration and temperature are uniform through-
out a cross section so there are not any interphase and
intraparticle concentrations or temperature gradients.

2. The heat capacities of liquid and gas and the heats of
reactions are constant.

3. The pores of the catalyst pellets are filled with liquid
so that reaction takes place at or near the surface of the
pellets.

4. The liquid and vapor phases are in equilibrium and the
compositions can be calculated using flash vaporization.
The vapor behaves as an ideal gas.

With the above assumptions, the steady state mass
and heat balances with catalyst deactivation function (a)
can be described as bellow [13].

Crackable hydrocarbons mass balance:

t 8Cf = _p."k."aci (4)
Ox
Hydrogen mass balance:
%
G, Cy _ —ap k.aC, (5)
ax
Heat and energy equation:
3
G, (¢, uCr + cﬂc.'r)i—r = —(AH)p kaC, (6)
; e

Where G, is the total mass velocity (liquid and gas),
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C and C, are the weight fractions of the crackable
hydrocarbons and hydrogen, respectively; C, is the con-
centration of total hydrocarbons and € is the specific
heat of hydrocarbons. a is the hydrogen consumption
coefficient that should be estimated.

Boundary conditions at the bed entrance:

C.i = Cf::('f)

Cy =Cp (1) (7
T =T, (1), x=0,t>0

For a fixed bed reactor with no axial mixing and with
zero initial concentrations, no change in concentra-
tion and temperature will occur at any point before the
entrance flow has had time to arrive that point. This time
is equal to x/u, so the initial condition in the bed must be
defined at r=x/u.

C, =0.0

C, =0.0

T=T(x),t=x/u

It is also necessary to define the conditions of fluid at the
location of quenching:

G,=G +G,+G,

tq

C=C.()

ig
Cn = qu (1) ©)
T=T(xx=x;3t21

Where Ggq and qu are the amounts of gas and liquid
quenching mixtures, th is the total mass flow rate after
the mixing and C,, C,, and T are the concentrations of

crackable hydrocaqrbons and htgldrogen, and the tempera-
ture after the mixing, respectively.

®)

Kinetic model

The kinetic model should ideally take into account all
reactions that the components in the feedstock undergo.
However, in reality, it is difficult to do so due to the
complex chemistry of hydrocarbons in the feed and
reaction mixture, numerous components and reactions,
and lack of kinetic data.

The result of present study confirms the finding of
Qader et al. [14], that the overall rates of vacuum distil-
late hydrocracking, desulfurization and denitrogenation
can be expressed by a simple first order kinetic equation
[15].

Int-x
X

1
LHSV

Where x,, is the initial concentration, wt%; x, the final
concentration, wt%; LHSV, liquid hourly space velocity,
vol. of liquid feed per hour per vol. of catalyst; and K,
reaction rate constant.

—d(vacuum distillate)

(7

7

=K, (vacuum distillate) (5)

dt
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M =K, (nitrogen) @)
1



34 Moghadassi et al

Where K, K_and K are the rate constants for vacuum
distillate hydrocracking, desulfurization and denitro-
genation, respectively, ¢ is the residence time. and £ is
expressed by the Arrhenius equation:
k=k,exp(—E/RT) ©)
Where £k, is the frequency factor (hr') and £ is the acti-
vation energy (kJ/kmol).

The kinetic model parameters were determined utiliz-
ing an optimization code developed in Matlab version
7.8.0. The objective function used was to seek the mini-
mum root of sum of the squared error between the model
predictions and the measured values in the plant.
Objective function = Minimize

{(experimenlal conversion- theoretical conversion)® + (T, - T, .,)°
V
Where 7 and T _ . are experimental bed and model
exp model

temperatures, respectively.

Results and discussion

Our reactor has four catalytic beds in which many
different reactions are taking place. To describe the
effect of the types of reactions that take place in each
bed on the rate of reactions, we calculate individual
frequency factor for each catalytic bed for hydrocarcking,
desulfurization and denitrogenation reactions. With this
assumption, the E/R and AH are constant for every one
of reactions in the hole of reactor.

For estimation of these 18 kinetic parameters (4 k| ,
4 ko’s, 4 ko’n in 4 beds and 6 E/R and AH for three kinds
of reactions), we use an optimization code. The result of
this calculation is shown in tables 2 and 3.

Table 2 shows that the reactions in the first bed are
more rapid than those in the three other beds. Since
approximately 90% of reactions in the first bed are
hydrotreating reactions, the rate of these reactions is
higher than thise of other hydrocracking reactions. Table
3 shows the activation energy and heat of reaction for
three classes of reactions.

Table 2- Kinetic parameters of model for each bed.

Bed 1 Bed 2 Bed 3 Bed 4
ky (hr) | 9.272%10" | 5.53*10" | 4.37*10" | 4.3852*10"
k, (hr) | 1.719%10% | 8.32*10° 0.0001 0.0000
ky, (hr) | 1.982%10™ | 7.943*10" | 0.00045 0.0000

Table 3- Activation energy and heat of reaction for hydrocracking,
desulphurization and denitrogenation

Hydrocracking | Desulphurization | Denitrogenation
reactions reactions reactions
E/R (k) 23333.0 13410.0 16520.0
AH (kJ/kg) 130 60 70

Table 4 shows the model results in prediction of
hydrogen consumption in every bed of reactor.
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Table 4- Hydrogen consumption in every bed

Reactor Hydrogen consumption (kg/m?.hr)
Bed 1 374.5191
Bed 2 121.4175
Bed 3 292.5986
Bed 4 262.5144
Total Hydrogen cons. 1051.05
Total input Hydrogen 1321.776

Fig. 2 shows the change of crackable hydrocarbon con-
centrations in the bed length based on model predictions.
As it can be seen from fig. 2, the concentration change
in the 1% bed is less than that in other beds because the
main reactions in the 1% bed are hydrotreating and not
hydrocracking.

Fig. 3 shows the frequency factor for hydrocracking
reactions vs. reactor length. As we can observe from fig.
3, the hydrocracking reactions take place in all 4 beds,
but the rate of hydrocracking reactions decrease through
the reactor length with a low sleep, and the reactions in
the first and second beds are faster than those in the 3™
and 4™ beds.

Fig. 4 shows the frequency factor for the desulfuriza-
tion reactions in the bed length. As we can see from fig.
3, the main part of desulfurization reactions take place in
the first bed and approximately no desulfurization takes
place in the 3™ and 4™ beds.

Fig. 5 shows the frequency factor of denitrogenation
reactions in the bed length. Like desulfurization reac-
tions, approximately hole of denitrogenation reactions
take place in the firs bed, so we can say most reactions
in the first beds are treating reactions. We can also see
from figs. 4 and 5 that in the first bed the denitrogenation
reactions are faster than desulfurization reactions.

Fig. 6 presented the Arrhenius plot of first order
kinetic model for hydrocracking of heavy gas oil feed in
the hole of reactor.

Fig. 7 shows Arrhenius plots for hydrocracking,
desulfurization, and denitrogenation reactions in the first
bed of reactor. The results indicate that denitrogenation
and desulfurization take place faster than the hydro-
cracking in the first bed, and the activation energy for
hydrocracking is much higher than desulfurization and
denitrogenation. Also, the activation energy of desulfur-
ization is higher than that of the denitrogenation.

This model can also predict the inlet and outlet
temperatures of each catalytic bed. Figure 8 shows the
model temperature predictions that are compared with
industrial data. This figure shows the model ability to
predict the temperature of catalytic beds.

Figure 9 is the final figure that shows the comparison
between model predictions and plant data. This com-
parison shows an error of less than 5%, so the model is
capable of predicting product yield distribution accu-
rately in all of unit operation condition.
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Figure 2- Concentration change of crackable hydrocarbons in the reactor length
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Figure 7- Arrhenius plots of kinetic hydrocracking for hydrocracking, desulphurization and denitrogenation reactions
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Conclusion
The main issues that hydrocracker units of refineries
have to deal with in the daily operation of the plant are
product yield and quality, reactor temperature, and the
make up hydrogen requirement. Thus, a good kinetic
model must be able to predict the product distribution
and temperature accurately. The comparison between
model predictions and plant data shows that this model
is capable of predicting these quantities satisfactorily.
Since the kinetic parameters of this model are
estimated when the catalyst is fresh, the conversion in
the other month that the catalyst activity is less than one,
should be calculated using activity function (equation
2). The kinetic parameters are then calculated for hydro-
cracking, desulfurization, and denitrogenation reactions
in individual beds. The results show that most reactions
in the first bed are hydrotreating (desulfurization and
denitrogenation) (fig. 3-5). Also, in the first bed the rate
of denitrogenation and desulfurization are more than hy-
drocracking reactions (fig. 7). Figure 6 shows the Arrhe-
nius plot of first order kinetic model for hydrocracking.
The model can also predict the change of concentration
of carckable hydrocarbons, inlet and outlet temperatures
of'beds, and hydrogen consumption in the every catalytic
bed, accurately (figures 2 and 8§ and table 4). In addition,
the final figure shows the accuracy of model predictions
with an error of less than 5%.
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