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Abstract

Chemical looping reforming is a new technology for hydrogen or synthesis gas (syngas) production with lower CO,
emission and energy usage than conventional routes such as methane steam reforming. In this study, the numerical
analysis of syngas production in a packed-bed reactors’ network is presented. Moreover, the proposed layout consists
of four parallel reactors performing oxidation, reduction, and purge operations. In addition, both nickel and perovskite
particles are used as the oxygen carrier. Furthermore, methane and oxygen were employed as fuel and oxidizer to
produce H, and CO continuously. In addition, with the proper selection of temperature and reduction time, a dynamic
study was carried out to evaluate the feasibility of the proposed system in terms of methane conversion (about 1), H,
yield (about 0.65 mole H,/mole CH,), average syngas ratio (about 4 mole H,/mole CO) and zero carbon dioxide at the
reactor output. In the end, a switching system of the network is proposed for continuous syngas production..

Keywords: Chemical Looping Reforming, Syngas Production, Continuous Process, Fixed bed Reactor, Oxygen

Carrier.

Introduction

Steam reforming is an established process for the
production of both H, [ 1] and Synthesis gas (Syngas) [2].
Syngas is a mixture of hydrogen and carbon monoxide.
The main industrial applications of the syngas are the
production of liquid fuels over Fischer-Tropsch (H,/
C0O=2), methanol (H,/CO=2), ammonia(H,/CO=3), and
alcohols synthesis [3]. Syngas could be converted into
an H2-rich stream in which a further Water Gas Shift
(WSG) stage is needed to convert the syngas into a
mixture of H, and CO,. For the sake of H, enrichment, a
CO, separation unit, such as Pressure Swing Adsorption
(PSA), is required [4].

More recently, Chemical Looping Reforming (CLR) in
the fluidized bed reactors arose as a promising technology
for hydrogen production [5]. CLR is a cyclic process in
which a metal oxide serves as an oxygen carrier, usually
Ni-based, which is alternatively oxidized exothermically
by air in a fixed bed reactor. The heat generated in the
air reactor can be used to drive endothermic steam
reforming reactions in the Fuel reactor in such a way that
the process is globally auto-thermic [5]. Therefore, direct
contact between the fuel and air is avoided. As a result,
an N2-free, CO,-rich steam that can be easily purified in
the view of CO, sequestration is obtained [6]. The main

feature of this process is the synthesis of clean products,
compared to the conventional steam reformer with a
furnace. Among several sources of syngas, methane is
the best fuel for hydrogen production due to its lowest
pollution and large abundance all around the world [7]
and relatively high H:C ratio [6].

A unified model for the gas-solid reactions for the NiO
reduction by methane and the catalytic reactions was
presented by Iliuta et al.[8].Moreover, two gas-solid re-
action models of shrinking core model and volumetric
particle were employed for the NiO/Al O, reduction by
them [8]. The amount of H,, CO, CO,, H,0, and uncon-
verted CH4 were calculated by the model at the reactor
outlet by the catalytic routes of both methane and CO,
reforming. The model could also predict carbon forma-
tion inside the reactor. The model's results were proved
using the experimental tests in a micro-fixed bed reactor.
Diglio et al.[9] analyzed an autothermal CLR in the fixed
bed to consider many challenges, namely the switching
strategy between oxidation and reduction phases, the
start-up temperature, and the cycle design, which must
be addressed. They showed that hydrogen was produced
in a very short period, below 30 s, in a Ni-based system.
Ebrahimi and Rahmani [10] proposed a hydrogen pro-
duction route in a chemical looping process in which the
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hydrogen was separated by a membrane layer after the
production.

A novel approach was recently proposed by Spallina et
al.[4], by using three reactors in which oxidation/reduction/
reforming phases are sequentially operated. The employed
model included a dedicated model for the radial heat losses
from the reactor. They experimentally and numerically
demonstrated that by carefully checking the heat management
strategy, it was possible to reach a methane conversion of
about 92%, a high H2 production, and inherent CO, capture.
A mathematical modeling of the syngas production was
performed by Ebrahimi and Rahmani [3] by the perovskite
oxygen carrier of La0.7Sr0.3-FeO; in the chemical looping
process. Inside the reactor, some important parameters, such
as reactant conversion, product compositions, and H,/CO
ratio, were analyzed.

A microreactor assembly was proposed by Ebrahimi and
Rahmani [ 11] to thermally couple the reduction and oxidation
reactors. The proposed geometry was mathematically
modeled and analyzed. The configuration not only used the
heat of oxidation but also mitigated temperature fluctuations
inside the channels, which were harmful to all oxygen carriers.
Effective parameters such as thermal conductivity, reaction
rates, H, and CO production rates, and solid conversions
were investigated.

A novel quasi-autothermal hydrogen production process was
proposed by Diglio et al. [6]. The developed arrangement
consisted of two sections: a CLC one that continuously
produces a hot gas mixture of H,O and CO, at approximatively
constant temperature and a reforming section devoted to
hydrogen production employing two fixed beds driven by a
gas stream leaving the CLC section. A methane conversion
close to 100% and a very H -rich gas stream (average of
0.67) were evaluated. Almost all the CO, produced in the
CLC section was converted in the reforming section, so
overall CO, emissions were negligible, and a CO, separation
unit was unnecessary.

In this study, a continuous process for syngas production
is investigated. To the best of the authors’ knowledge, no
literature is available on modeling a complete cyclic process
just using CLR, which shows that oxidation, reduction, and
purging phases take place in a network of packed beds.
Several works can be found in which each oxidation and
reduction phase are separately modeled and optimized,
or the process has been coupled with a fixed bed chemical
looping combustion (CLC) with both steam and dry methane
reforming. Moreover, sensitivity analysis was performed to
determine suitable reactors and time sequence conditions.
In this paper, the effect of key parameters on NiO, such as
initial temperature, inlet temperature, comparison of NiO and
perovskite oxygen carrier, residence time in the reduction
reactor, and coke formation, are studied. Moreover, the
product distribution, methane conversion, H, yield, and
syngas ratio are shown inside the reactor.

This article is structured as follows. Section Mathematical
Model presents the proposed system configuration,
reactors, reactions scheme, and a packed-bed chemical
looping reforming model. The model is validated by the
results available in the literature [8]. In Section Results and
Discussion, the main numerical results are reported. Firstly,
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the operation of a single-packed bed working under CLR
conditions is discussed. Based on these results, a possible
approach to operating several CLR reactors in parallel to
obtain the continuous production of a gas mixture of H, and
CO is assessed.

Materials and Methods
Mathematical Model

The conceptual scheme of the proposed system is reported in
Fig. 1. The stationary CLR is a cyclical process packed with
catalyst (particles), which is alternately exposed to oxidizing
and reducing conditions via periodic switching of the gas
feed streams, keeping the flow direction constant in both
phases. During a time length toxi (oxidation time) the fixed
bed reactor is fed by air where the oxidation of the oxygen
carrier takes place; the fed composition is then changed to
methane and, over a time length tred (reduction time) where
the steam methane reforming and oxygen carrier reduction
occurs. These two distinct steps are oxidation (OP) and
reduction phases (RP). Due to very high O2—-H2 reactivity,
the formation of potentially explosive gas mixtures during
gas switching between OP and RP and vice versa should be
carefully avoided: during practical operations, this task is
accomplished by feeding for a few instants an inert (purge
phase) at the end of each OP and RP.

The simple idea behind the proposed scheme is that,
by operating several reactors in parallel under the CLR
conditions, continuous production of a mixture of H, and CO
can be achieved.

To model the system mass transfer of gas species, solid
conversion and both gas-solid and catalytic reactions inside
the reactor are considered. More details about the model are
presented below.

Reactor 1

CH4+H20

Fig. 1 Conceptual scheme of the proposed system.
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Geometry and Reactor Conditions

The geometry of the fixed-bed reactor was selected from
the previous work [9] performed for the investigation of the
dynamic kinetics of NiO oxygen carriers under isothermal
conditions. During the cyclic process, N, gas was used as
an inert for the purging between both the reduction and
oxidation. A three-point valve was used for switching the
feeds.

Geometry and operating conditions of the reactors and
oxygen carrier characteristics are reported in Table 1.

Table 1 Reactor specifications used for the modeling.

Parameter Value
Reactor dimensions

Reactor length (m) 0.223
Reactor diameter (cm) 6
Oxygen carrier

Material Ni (15%) Al203
Particle diameter (um) 140
Specific surface area(m?/g) 102
Bulk density (kg/m?) 1040
Bed porosity 0.37
Operating conditions

The inlet flow rate of the feed (m?/s) 1.98e-4
Inlet Temperature (K) 723
Initial Temperature (K) 1073
Pressure (bar) 1

Internal and External Resistance

Internal and external diffusions are considered before
applying rate-limited kinetics. External diffusion of the
reactant to the surface is evaluated by the comparison of
the radial mass flux of methane calculated by Frossling's
correlation of:

2D

CH4—N

— (CCH4,b _CCH4,S) @
dp

and the observed reduction rate for the spherical particles of

NiO:

WCH4,r =

Ny, 0 dX ()
_rCH obs
+ Wa, dt

Representation of all parameters is found in the reference
[12].
Table 2 presents the employed parameters to evaluate both
external and internal diffusion limitations. According to this
table, the radial mole flux of methane is much higher than
the observed reaction rate or WCHM>>rCH diobs® Therefore, the
external diffusion could be ignored. For internal diffusion
limitation, the Weisze-Prater equation is applied [13]:
_ Ten, ops pdp 3)
wp
D eff Cen 2b

The results (see Table 2) shows that CWP is much smaller
than one, which means there is no mass diffusion inside the
solid particles
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Table 2 Parameters used to evaluate external and internal diffusions.

Parameter Value (for internal | Value (for external
diffusion) diffusion)

D (mm) 0.14 0.14

P
D,, (m%s) 0.361e-4 0.361e-4
Cetap (mol/m®) 10.95 10.95
CCH4,S (mol/m?) - 0
Wi(g) 1 1
WCH4,r (mol/m?s) | - 5.6
-rCHMbS(mol/mzs) 2e-6 2e-6
CWP 0.0007 0.0007

According to the results of previous studies carried out by
Han et al. in 2013 [14] and Iliuta et al. [8], heat and mass
gradients inside and outside the oxygen carriers with a
diameter below 200 , can be neglected. Therefore, the below
assumption on internal resistance is valid.

Assumptions

The following assumptions were applied to the model:

- A 1D model was assumed in the fixed bed reactor.

- Because of low pressure and high temperature, an ideal gas
law was employed.

- Time-dependent study was considered to analyze the
reduction of oxygen carrier while the syngas is produced.
- The reactor is adiabatic.

- Both convection and dispersion terms are considered for the
mass and energy equation.

- The thermal resistance between the gas and solid phases is
ignored, so the gas and oxygen carriers are in temperature
equilibrium. (The calculated difference between the solid
phase and the gas phase is less than =10 °C (Froment and
Bischoff, 1979; Levenspiel, 2002), which points to a
negligible resistance for external heat transfer.)

- The effects of internal penetration and external mass
transfer are ignored.

Reaction Kinetics Network

The mathematical model developed takes into account the
reduction reaction mechanisms proposed by Iliuta et al. [§]
to describe the reactions between methane and Ni-oxygen
carrier. Furthermore, the oxidation of the Ni oxygen carrier
is modeled using the work of Dueso et al. [15]. Table 3
summarizes reactive schemes and associated enthalpy
variations used in the present work.

Non-catalytic reduction reactions of the oxidation of CH,
(Rq, and R)), H, (R,) and CO (R,), followed by catalytic
reduction reactions, namely steam (R) and dry (R)
reforming, water gas shift (R,), methane decomposition (R,),
and carbon gasification both by water R)) and by carbon
dioxide (R,) were accounted in the model.

The rates of the oxidation reactions (Ry) [15] and of the non-
catalytic gas-solid reductions (R -R,,) have been expressed
according to the volumetric particle model theory [8] and
their analytical expressions are reported in Tables 4 and 5.
reports the expressions of catalytic reaction rates (R-R,) [8].
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Table 3 Reactive scheme and associated standard enthalpy of
reactions.

Noncatalytic reduction reactions AH ,, (kJ/mol) | Reaction
CH, +2NiO —2Ni+2H, +CO, | 162 R,
H, + NiO —H,0 + Ni -16 R,
CO +NiO — CO, +Ni -49 R,
CH, +NiO —Ni+2H, +CO 211 R,
catalytic reduction reactions
CH,+H,0—3H, +CO 227 R,
CH, +CO, — 2H, +2CO 259 R,
CH, +Ni —Ni-C +2H, 91 R,
3H,+CO —-CH,+H, 0 -227 R,
CO+H,0—CO,+H, -33 R,
C+CO, —2C0 169 R,
C+HO—-CO+H, 136 R,
Oxidation reaction
0, +2Ni—2NiO -468 | R,
Table 5 Catalytic gas—solid kinetics.
C,Ch (RTY
k,Ce, szjo (R,T )“»25[1 _ M
' ) KP,R ICCHACH20
C 1.25
Te, = = (6)
1+ Kco ,R,CcoRmT + KH2 ,R(,C[(:!j (RmT )OISKHIO Ry CHZO )2
HZ
2
kR7CCH4CCO2 (RmT ) Rl
. =
RZ
1+ KCOZ’R7CCOszT
C, (R,TY
kRzKCH,,,RJ (CCH4RmT ——
» _ PR, (8)
R, C,L's(RmT)I'S )
ad+——+K_, . C,, R T)
K, . Ry CH,
2 05
- kR4KC0,R4K H,.R, (CcoRmT ) (CHszT ) )
R, — 05 0543
(1+K o (CoR,T) 4K, (C, R,T)"™)
kRECcoC;faRmT 1— CCOCHZ ]
C;)/'j KP,RRCCOCHzo
Tp, = C (10)
(4K o1 CeoR,T + Ky y Ol (RN 4K )
H,
kR6 [Cco2 _ CcoszT
K C
r, = co, R, co R, co PR, (n
¢ 1 CCO 2
(1+KCO,R6CC0RmT + =)
CO,,Ry*™ CO R, CCO
kR7 [CH20 _CCORmT ]
P KHZO,R7 CH2 KP,R7 (12)
" L Cup 1 s 152
(4K ConRaT + #——CiR,T))
HOR, “H, HyRy
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Table 4 Non-catalytic gas-solid kinetics and their parameters
(k;=k,, exp (-E_/RY)).

Reaction E ,(Jmol") [k (m/s)
r..=a, Xk CO)C." 22000 8.4e-3

r R =a (1-X)k, C, C C. |77416 4.66
rR,=a (1-X)k,CH, C_, 26413 1.31e-4
rR.=a (1-X)k,C_ C 26505 1.097¢-4
rR,=a (1-X)k,C_, CC., |23666 4.18e-3

The rate of consumption or formation of i-species (i = X,
NiO, Ni, CH,, H,, H,0, CO, CO,, O,,N,, C), i, is determined
by summing up the reaction rates of that species in all the
reactions Rj(j=1, 2, .. ., see Table 3). Therefore, the reaction
rate of each species can be expressed as:

ro =21 Arp 1y TR =21 (13)
Fynio = 1M 0 (14)
Py =1V M, (15)
Ve, = —(Frgy +Tgoa T Py + 10 +13)C ) (16)
Ty = 2ng1 — Iy +2er4 +(3rRl +2r, 41y, +2rR3 +7y )CM_
17

Tir0 :rRsz_(rRl+rR5+rR7)CNi (18)
— _ _ 19

rcoz _”R“_H’RA3 (rR2+rR6 rRS)CNi (19
Too =Ty TTy  + (1 +2r =1 +2r, +1,)C,, 20)
v, = (rR3 — Ty — Ty )C . @n
Vo, =Ty, (22)
v, =0 (23)

Governing Equations

To describe the axial temperature and concentration profiles
in the packed-bed CLR reactor, a numerical 1D packed bed
reactor model has been used. In Table 6 the model equations
for both oxidation phase (OP) and reduction phase (RP) and
the corresponding boundary conditions are reported. The
mathematical model needs to be completed with appropriate
initial conditions. To avoid the formation of potentially explosive
gas mixtures (O,-H,) when the fed is switched by OP to RP
and vice-versa, a purge phase is fed for few instants between the
oxidation/reduction phases. The purge phase affects neither the
concentrations of chemical species nor, due to the high catalyst
heat capacity, the reactor temperature. For the evaluation
of temperature dependences of gas properties and transport
coefficients, state-of-the-art correlations and assumptions were
adopted from Han et al.[14] and references therein.

Results and Discussion
Solution Procedure and the Model Validation

The numerical model has been solved using the commercial
software package Python.
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Table 6 The mathematical model for the oxidation and reduction
phases with corresponding boundary conditions.

Oxidation phase
oC.
Mass balance oD, i 671 o
in e gas| o, (&5 5 o) (24)
hase =
P ot ‘,
dStNi 2rRlMNi
Mass balance
dcC,,.
in the solid d]tvlo =21, M v, 25)
phase e o
dt  Cj,
or
Oy 5, or
Enthalpy| & P —ugCP.gCTgE_
balance o (26)
AHerRlpOC = Cp’gCT”g E
Reduction phase
oC.
Mass balance ao, . 67 o
. . i
m e esloc, G My ) @7)
phase o .
ac, _
dt <
Mass balance dg—t"” r.M ,,
in the solid
4C ni 28
phase % —r M 0 (28)
ax _ 2r,
" Cho
oTr
Mo o or
Enthalpy| 4 > _ung'gCT’ga_z+
balance . (29)
j=11
Zf:z (_AH’ )r"/ Poc :Cﬂ~gC”'~f~’ ;
oC. (0t u
é( ) - — (€, (O’t)_CiJN)
z g ax i
Boundary Oz
condition uC C
OT (0,1) _uCpeCry T (O,t)—T,N)(30)
0z &gy
oT (L,t) _ 0
0z

The model includes a set of partial differential equations
(PDE) that are obtained from mass and energy balance and
a number of nonlinear algebraic equations and auxiliary
relations. The partial differential equations are converted into
a set of ordinary differential equations using the method of
line (MOL) and then discretization is done along the length
of the reactor by the finite difference method. The Implicit
backward differentiation formula (BDF) was used for time
stepping of the solver. To validate the modeling strategy, at
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first the model based on the work presented by Iliuta et al.
[8] was implemented and compared against experimental
data. Fig. 2 reports molar fractions of gas products at the exit
of the packed-bed reactor. Noteworthy, the model is able to
qualitative describe the time trend of experimental values.
Iliuta et al. [8] concluded that the experimental outlet gas
concentration signal was delayed because of the residence
time of the gases between the valve and the gas analyzer.
In this section, the numerical results of a single reduction
step are reported. Subsequently, the variation of parameters
such as reduction time, initial temperature, inlet temperature
for the process was taken into account and the effects on
the feasibility of CLR process were addressed. Finally, the
results for the cyclic process after several alternating cycles
and continuous process are presented and discussed.

Reduction Phase

Fig. 3 shows the outlet gas molar fraction versus time. At
firt, due to the non-catalytic reactions, the amount of H,O
and CO, increases suddenly. Shortly afterwards, the amount
of water increases slowly due to the reaction R, to reach its
maximum value of 0.72, while the concentration of carbon
dioxide decreases from 0.28 to zero. After 50 seconds, the
catalyst is completely reduced.

After that, H, and CO gases increase and water vapor decreases
as a result of R-R | reactions. The methane conversion rate
reaches its maximum value after 65 seconds, leaving the
reactor unreacted due to the completion of gas-solid reactions
by surface and network oxygen. The value of CO and H,
reaches their highest value, 0.18 and 0.67, respectively, after
75 seconds. After this time, due to the reduction of heat in
the reactor, the concentration of methane increases, and the
concentration of hydrogen and carbon monoxide decreases.
Fig. 4 shows the CH,, H,, and CO concentrations during the
reactor reduction. According to methane distribution (a),
methane is seen at 60 s at the outlet of the reactor. After that,
methane is converted more, particularly at the outlet when the
reactant is distributed along the reactor. In addition, methane
is reduced from about 7 mol/m? to 2.5 mol/m? after 84 s at the
end of the reactor. It is increased after that due to a gradual
decrease in the reaction rates. Both H, and CO (b, c) are more
produced at the end of the reactor when the products leave
it. After 72 s due to the decrease in the reaction rates, these
products decrease at the output of the reactor.

Reaction Rates

At the beginning of the reduction cycle, non-catalytic
reactionsr,, 1,, r, and r, dominate the catalytic reactions due to
the presence of excess nickel oxide. Fig .5 shows the reaction
rates at 5, 25, 65, and 85 seconds. As can be seen, after 25
seconds, the rate of non-catalytic reactions decreased, and
the rate of reactions r, r,, r, and r, and r, are increased.

Carbon Deposition

One critical aspect of methane catalytic reforming is the
formation of solid carbon on the surface of the catalyst, which
may be caused by cracking reactions of methane or reverse
reactions of carbon gasification with carbon monoxide and
water vapor. Because methane is the only source of carbon
production, carbon appears mostly in the reactor inlet.
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In fact, after several times when nickel oxide is reduced
during gas-solid reactions, unreacted methane reacts with the
nickel created in this area and leads to the formation of carbon
and the deactivation of the catalyst. In Fig.6, a carbon deposit
actually builds up, which is equal to 0.07 kg-C/kg-OC, i.e.,
about 7 wt.%, a value close to that reported by Chiron et al.
[16] as the upper limit before catalyst deactivation occurs
in microreactor (about 5 wt%). Moreover, it is important to
underline here that the kinetic scheme adopted in the present
work does not account for carbon oxidation that eventually
occurs during the OP. In addition, this reaction would have

Journal of Petroleum Science and Technology 12(2): 42, 2024, Pages 38-49

further reduced the amount of deposited carbon.

Effect of the Initial and Inlet Temperature

Fig.7 (a) shows that increasing the temperature causes an
increase in the solid conversion at a lower time. The solid
particles are converted faster at higher initial temperatures.
Fig.7 (b) indicates that increasing the initial temperature
causes an increase in the H, production. In Fig.7 (c, d), this
rule is established for the syngas ratio and deposited carbon.
However, the effect of inlet temperature in Fig.8 is inverse
for these parameters.
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Temperature Profiles

Fig. 9 shows a 3D profile of temperature spatiotemporal in
the reduction phase. While the endothermic reactions are
starting, the temperature at the reactor outlet decreases to
1000 K after 75 seconds. As can be seen, the temperature
decreases more at the reactor entrance. The temperature at
the outlet of the air reactor During the exothermic reactions is
shown in Fig. 10. Due to the heat released from the reactions,
the temperature reaches 1073 K in 56 s.

(==
8855
Temperature(k)

288

0 5

100 )
150 5™
Timeysy w0 ., 0

Fig. 9 Temperature spatio-temporal pattern during the reduction phase.

Temperature(K)

0 25 50 7B 100 125 150 175 200
Time{s)

Fig. 10 Temperature at the reactor exit during the oxidation phase.

Comparison of NiO and Perovskite Oxygen Carriers
From an industrial point of view, the CLR reactor must
be feasible. The fixed bed reactor could be fabricated and
assembled in a series of reactors. In this process, the time
between cycles is important for the design and feasibility.
Here, two oxygen carriers of NiO and LSF731 are compared.
Fig. 11 shows the solid conversion of the two oxygen carriers
at different times during the reduction. At an inlet temperature
of 723K in Fig.11 (a, b), while LSF731 is completely reduced
(conversion is near one) during about 80000 s, only 120 s is
enough for NiO to be converted entirely to Ni. This means
that the reduction of NiO is 800 times faster than that of
LSF731. In the case of perovskite, there is much time for
the reduction in a cycle to be switched. In this situation,
the perovskite is preferable for industrial applications,
particularly in microscale geometries. According to Fig. 11
(d), with increasing temperature to 1173 K, the conversion
is suddenly increased before 300 s, which is shown in the
center plotin Fig.11 (d), while in Fig. 11(c), the NiO particles
are converted gradually at the beginning.

Effect of Changing Flowrate on the Reduction Time

One of the most influential factors in the reduction time is the
flow rate of the reactants. In Fig. 12, as the flow rate increases,
so do the reaction rates, decreasing the time required for the
complete conversion. This is because more reactant reacts in
the same amount of time.

Syngas Ratio

The change in the hydrogen to carbon monoxide ratio, which
differs for several applications, is shown in Fig. 13 during the
process. It is seen that the maximum ratio reaches 5.5 at 85 s
of the reduction near the reactor outlet. The average ratio of
H,/CO at the reactor outlet is 3.8. This ratio can be changed
by injecting carbon dioxide or water vapor [7].
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Fig.11 Solid Conversion averaged at the outlet for two oxygen carriers of (a, ¢) NiO and (b, d) perovskite LSF731.
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Fig. 13 syngas ratio as a function of time.

Fig. 14 reports methane conversion, X, (a), and hydrogen
yield at the outlet of the reforming section. In this figure, both
methane conversion and hydrogen yield are illustrated in the
reforming section. Methane has not reached the reactor outlet
before 50 sec, so its concentration is zero, and according to Eq.
(5), the maximum degree of methane conversion is one. After
that, methane is completely consumed at 62s. From this time
onwards, the outlet methane gradually increases while the con-
version decreases, reaching 0.5 in 120s.
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Fig. 14 CH, conversion (a), H, yield (b) as a function of time during
the reforming process.

o

The maximum value of H, yield in the reforming section at
62s is about 0.65 (mol H,/mol CH,) compared with those re-
ported by Diglio et al. [6] under similar operating conditions.

X _ CCH4,inlet _CCH4 (31)
DT C
CH 4 inlet
Cyclic Operation

Integrating oxidation and reduction processes in a geometry
can lead to a reduction in energy consumption. This section
will analyze the simulation results obtained from the cyclic
operations. A cyclic operation consisting of a sequence of
four stages of the reduction and oxidation with the period
T=t, ., 2tpurge is considered, which is t, =120s, t, =63
uge— 108 Furthermore, Fig. 15 shows the molar
fraction of the components in the reactor outlet during the
cyclic operation of the system.



M. R. Saniee et al.

0.7 1
06 - [\
g 057 2
T 041 yH20
E — 02
< 03 — yCH4
E e O
0.2
0.1
0.0 1
T T T T T E T T
0 100 200 300 400 500 600 700

time(s)

Fig. 15 Outlet gas molar fractions during multiple OP/RP cycles.

The process starts with the reduction and a mixture of
methane and water with a ratio of 3 to 1 injected into the
system, after which nitrogen gas passes through the system
as an inert gas within 10 seconds. Then, the oxidation stage
starts, and the reactor is fed with air. After this step, the purge
is performed again. The molar fraction of the components in
the reactor output changes during the reduction time and has
the same behavior as described in the previous section. After
the completion of one cycle, the reduction phase starts again,
and the operation continues. As can be seen, the regime
conditions are established after three stages.

CLR Operation of a Reactors’ Network

According to the previous section, the duration of the
reduction is 50% of the entire time period, so for the
continuous production of hydrogen, more than one reactor is
needed, which is arranged in a parallel structure. According
to the ratio of the reduction time to the total duration and
considering that no hydrogen is produced in the first 50 sec of
the reduction time, the minimum number of reactors needed
to have a continuous flow of hydrogen is four. In order to
improve the continuity of the process, more number of
reactors can be used.

Fig. 16 reports the time sequence of the operations of the CLR
network: for each reactor, the big white zone represents the
RP, the black zone the PP and the small white zone the OP.
The following features emerge from an analysis of the figure:
At the beginning of the operation, the oxygen carrier in the
four reactors is completely oxidized. At t=0, methane and
water are injected into the first reactor as the feed, so the
reduction occurs until t=t, .

A | |

R, ]

R, ]

I I .

T T T T
HE 1T
L1 T
LI
Uk bbb bbb b
Fig. 16 Time sequence of the operation of the reactor network in

CLR.
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After the 50 sec had passed in the first reactor, the second
reactor was fed with methane and water and remained in
the RP until t=t,=2t, . At t=t, ,, the feed of the first reactor
is changed to nitrogen for the removal operation, and this
reactor will be in the PP until t= t=t e At t=t, the
PP ends, and air enters the first reactor and continues until
t:t3:tRed"»t:purge<|4:())(1''

At t=t,, RP in the second reactor is completed. After 50 sec
of the reduction time of the second reactor, the third reactor
enters the reduction phase. At this time, the first reactor is
located in the OP. The second reactor enters PP. At t=t,, the
oxidation in the first reactor is completed, and PP starts and
continues until T. At T, the new cycle of the first reactor starts
with RP, and the second reactor is in the oxide phase. At t=t,,
PP ends in the second reactor, and OP begins and continues
until t=t,. At this Stage, the first and third reactors are located
in the RP. At t=t, PP starts in the second reactor and continues
until t=t,. The first reactor is in RP, and the third reactor starts
the OP and continues until t=t.. In the same way, this process
is performed for three cycles in each reactor, and finally, we
reach a continuous production of hydrogen. The outlet gas
molar fractions at the exit of reforming were reported in Fig.
17: clearly, a continuous production of hydrogen ( is about
0.67) can be achieved at the periodic regime conditions.

SEEARRINRRINERA
w8 DRI1 RN Hig

Fig. 17 Hydrogen molar fraction at the outlet of reforming as a
function of time (blue: reactor 1, red: reactor 2, yellow: reactor 3,
green: reactor 4).

Conclusion

In this study, a syngas production process in a sequential
fixed-bed reactor network was proposed. The developed
CLR arrangement consists of the four packed operated
continuously to produce a mixture of H, and CO. According
to the ratio of the reduction time to the whole time of the
process and considering that no hydrogen is produced in
the first 50s of the reduction time, the minimum number of
reactors needed to have a continuous flow of hydrogen is
four. The numerical results revealed a strong influence of the
reduction time, initial and inlet temperature on the process
feasibility.

The mathematical model was validated through the
experimental results available in the literature. H2-rich gas
stream with an average YHz of 0.67 was evaluated. The
numerical results revealed that while a complete reduction
of La,_Sr ,FeO, was obtained at about 80000 s, only 120 s
was enough for NiO particles to be reduced entirely. In the
case of perovskite, there is much time for the reduction in
a cycle to be switched. The high delay time for switching
the feed stream (fuel/purge/oxidant/) is helpful for handling,
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However, there are some applications that the reduction step
must be kept on. In this situation, the perovskite is preferable
for some industrial applications, particularly in microscale
geometries. Several important parameters such as product
composition and inlet and initial temperature were analyzed.
H,/CO ratio, H, yield and methane conversion were also
investigated. This model does not mention the coke burning
process in the oxidation phase, so it can be considered as the
next stage of model modification.

Nomenclature
a,: The initial specific surface area of the oxygen carrier (m*
kg™)
K the reaction rate constant, m/s
the reaction rate constant of SR (mol kg™, s™" bar %)
2 - the reaction rate constant of DR (mol kg—lNl s—1 bar?)
R the reaction rate constant of methane decomposition
(mol kg 'Ni s
K, 5 :the reaction rate constant of WGS (mol kg™ s™ bar™)
: the reaction rate constant of carbon gasification by CO,
(mol kg 'Nis™)
: the reaction rate constant of carbon gasification by H,O
(mol kg 'Nis™)
K, &) equilibrium constant of SR (bar2)
K, . : the equilibrium constant of methane decomposition
(bar)
K, . equ111br1um constant of WGS (mol kg™', s™' bar)
K % equ111br1um constant of carbon ga51ﬁcat10n by CO, (-)
K : equilibrium constant of carbon gasification by H o
(bar
K., Iy : Radsorption coefficient of CO (steam reforming)
(bar” 1)
K 1pRy : adsorption coefficient of H, (steam reforming) (bar?)
K, R adsorptlon coefficient of H O (steam reforming) (-)
K : adsorption coefficient of CO ,(dry reforming) (bar™")

CO,, R

K(H4YR3' adsorption coefficient of CH, (methane decom-
position) (bar™)

KH or; adsorption coefficient of H, (methane decom-

posmon) (bar'?)

K, % adsorption coefficient of H, (carbon gasification by
H,0) (bar'?)

K., & : adsorption coefficient of CH, (carbon gasification by

H d) (bar™)

K, & : adsorption coefficient of H,O (carbon gasification by

H,0) ()
K., R : adsorption coefficient of CO (carbon gasification by
CO, ) (bar™)
K, 0, R : adsorption coefficient of CO, (carbon gasification by
CO)) (bar)
: Rate of reaction, kmol Kg' S |
u Veloc1ty, m/s
C - heat capacity of the gas stream (J mol™ K™)
C : Total concentration of the gas stream (molL™")
Tg
D;: axial dispersion coefficient of species i (m*s™)
Ml molecular weight of i species, (kg mol™)
Le: Lewis number (J m~ K)
E ; activation energy of adsorption coefficient of specie i in
reaction j (J mol™)
E, - activation energy of reaction rate of reaction j (J mol™)
Ea activation energy of non-catalytic gas—solid reactions (J

mol” D]
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E . - activation energy of equilibrium constant (J mol™)

E; act1vat1on energy of equilibrium constant (J mol™)

E activation energy of equilibrium constant (J mol™' K™)
K.,_J 50" pre-expongntial factor of adsorption coefficient of spe-
cie'’ In reaction j

KPR ,: pre-exponential factor of equilibrium constant cycle
index

K #,0° PrE- -exponential factor of reaction rate constant

T: temperature (K)

R : gas universal constant, J/mol.K

C%,: initial NiO concentration(kg™ )

C';: initial concentration of Ni (kg"' )

D, . axial dispersion coefficient of species i (m*s™")

I Reaction rate of gas component i, (kmol kg ocS™h

L: bed length (m)

d.: reactor internal diameter (m)

d : particle diameter (m)

12 reaction rate of solid component j, (kmol kg' ST

X: Solid conversion

Greek Letters

p,.: packed-bed density (kgOC m™)

AHj: reaction enthalpy of reaction j (J mol™)
g,: bed porosity (-)

/1 axial heat dispersion (W m™' K™)

/1 - cffective heat dispersion (W m™ K™

Abbreviations

CLR: chemical looping reforming
OP: oxidation phase

RP: reduction phase

PP: purge phase

SR: steam reforming

WGS: water gas shift
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